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1. Introduction

ABSTRACT

Dehydrogenation of isobutane has been studied in a DD3R zeolite membrane reactor (MR) at 712 and
762K, using pure isobutane at 101 kPa as feed gas and N, as sweep gas. Clear advantage of using the
small-pore zeolite DD3R is that it offers an absolute separation of H, from isobutane by a molecular
sieving mechanism. Experiments in a conventional packed bed reactor served as benchmark. Cr,03 on
Al, 03 was used as catalyst.

The DD3R membrane showed an excellent H;/isobutane permselectivity (>500 @ 773 K) and a rea-
sonable H, permeance (~4.5 x 10-8 mol m~2 s~! Pa). At low residence times isobutene yields 50% above
the equilibrium could be obtained. At 762 K and 0.13 Kggeeq kgcar ~! h~1, the isobutene yield in the mem-
brane reactor (MR) is 0.41, where the equilibrium yield is ~0.28. The increased performance is attributed
to removal of H, from the reaction zone by the membrane, up to 85% at the lowest space velocity.
The removal of H, mildly promotes coke formation, suppresses hydrogenolysis reactions and appears
to slightly reduce the catalyst activity. The membrane permeation parameters and reaction rate con-
stants have been estimated independently from membrane permeation and packed bed reactor (PBR)
experiments, respectively. From these parameters the behaviour of the MR can be simulated well. Two
important dimensionless parameters determine the MR performance primarily, the Damkoéhler (Da) and
membrane Péclet number (Peg). For a significant improvement of the MR performance as compared to
a PBR Da > 10 and Pes < 0.1. DaPes should be ~1 to optimally utilize both catalyst and membrane. In the
current MR unit both the hydrogen removal capacity and catalyst activity stand in the way of success-
ful application. Using a more active catalyst and a more favourable area to volume ratio could greatly
improve the MR performance. Operation at a higher feed pressure could be a possible solution. Since
membranes with higher fluxes are already available, the limited catalyst activity and stability under rel-
ative low temperature and H; lean conditions are the important limiting factors regarding application of
MRs in dehydrogenation reactions.

© 2010 Elsevier B.V. All rights reserved.

H, can be obtained. An additional advantage of a lower operating
temperature could be suppression of coke formation [3]. Clearly,

Alkane dehydrogenation reactions are industrially very rele-
vant, but they are also a class of reactions where the conversion
can be (severely) equilibrium-limited at practical conditions [1].
Low conversions lead to a large flow of alkane/alkene mixtures
that needs to be separated and recycled. Particularly the separa-
tion of alkanes/alkenes is very energy intensive [2]. An approach to
increase the single-pass conversion is by using a membrane reactor
(MR). By in situ removal of the product H, an apparent equilibrium
shift can be accomplished. Moreover, if the equilibrium conversion
based on the feed conditions does not limit the single pass con-
version, the operating temperature could be decreased and pure
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the membrane should be suitable in terms of H, to hydrocarbon
selectivity, H, permeance and stability. Therefore, many types of
membranes [4] have been investigated for this type of application.
For example, isobutane dehydrogenation has been studied using y-
alumina [5], zeolite MFI [5-9], Pd/Ag [10-12], Pd [9,13], dense silica
[14] and carbon molecular sieve [15] membranes. Comparison of
the achieved improvements of the different MR is difficult, since
the operating conditions vary considerably. However, the general
outcome is that in all cases a conversion above the equilibrium
conversion could be obtained due to H, removal by the membrane.
Eventually, the flux, selectivity, stability and price of the membrane
will determine the viability of each type of MR. For several types
of membranes the H,/hydrocarbon selectivity and H, permeance
are compared in Table 1. It is clear that Pd-based membranes stand
out because they combine a very high H, selectivity with a high H,
permeance. But, palladium membranes are relatively expensive,
simply due to the high palladium price [8], and may be unstable
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Table 1
H, permeance and selectivity of various membranes used in the isobutane dehydrogenation reaction.
Membrane Thickness (pm) Pore size (nm) H, permeance (10-7 molm-2s~!Pa1) Selectivity (H;/isobutane) Reference
y-Alumina 3 3 160 (723K) 4(723K) (5]
Zeolite MFI nab 0.55 11 (723K) 30 (723K)? [5]
Zeolite MFI 60 0.55 1.1(773K) 70 (773)° [8]
Zeolite MFI nab 0.55 5(~725K) 10 (~725K)* [9]
Dense silica 0.1 nab 0.2 (773K) 80-300? [14]
PdAg 10 Dense 9 1200 (Hz/N3) [10]
PdAg 6 Dense 40 (723K) Infinite [12]
Pd 5 Dense 30 (~725K) 60 (~725K)? [9]
DD3R 1-2 0.38 x 0.44 0.45 (773K) >500 (773 K)? [25]

3 Permselectivity.
b Information not available.
¢ Mixture selectivity.

[16]. Although zeolite membranes are also quite expensive [17],
they could be more advantageous in terms of stability. However,
the currently studied medium-pore zeolite MFI has pores larger
than both isobutane and H,, which leads to only a modest separa-
tion factor. Although infinite selectivity is not essential to obtain
an improved reactor performance, the amount of hydrocarbons
retained in the feed does determine the maximum level of con-
version increase that can be obtained [18] and an infinite H, to
hydrocarbon selectivity has the clear advantage of obtaining a pure
H, flow at the sweep side of the reactor. Moreover, in case of relative
large pores not only reactant loss is an issue, but also a significant
dilution of the feed gas by counter-permeation of the sweep gas
can occur [5,8]. This can be prevented, or at least minimized, by
choosing a smaller-pore membrane that combines the stability of a
zeolite membrane with the absolute H, /isobutane selectivity found
for Pd-based membranes. A zeolite MR with such properties could
be much more viable compared to the zeolites studied so far.

An example of such a zeolite is DD3R which consists of cages
connected by 8-ring window openings of 0.36 nm x 0.44 nm. This
type of zeolite has received considerable attention in recent
years: DD3R has been demonstrated to be very successful in
propane/propene [19,20], CO,/CH,4 [21-23] and water/ethanol [24]
separations. Recently, we have demonstrated that this membrane
shows a very high H;/isobutane selectivity (>500, Table 1), which
is maintained up to high temperatures [25].

The aim of this paper is to demonstrate and evaluate the perfor-
mance of a DD3R zeolite membrane in dehydrogenation using the
catalytic dehydrogenation of isobutane in a packed bed membrane
reactor configuration as a model example. First, the permeation and
separation properties of the membrane are discussed. Then the MR
is evaluated in terms of isobutene yield, selectivity, catalyst activity
and stability. Experiments in a conventional packed bed reactor are
used as a benchmark for the MR results. A detailed model of the MR
is used to support interpretation of the results. Finally, an analysis
is made on the controlling processes in the MR performance by a
characteristic times evaluation.

2. Experimental
2.1. Membrane experiments

Membrane permeation experiments were carried out using a
tubular DD3R zeolite membrane provided by NGK Insulators [26].
The membrane is similar to the one used by Kuhn et al. [24]. A
~1-2 wm thick zeolite layer is present on the outside of a 150 mm
long a-alumina tube. The outer diameter of the tube is 12 mm.
The support consists of three layers of different pore size (0.2,
1 and 5pm) and thickness (13, 70 and 1750 wm, respectively).
The composite membrane was sealed in a stainless-steel mod-
ule using graphite O-rings leaving 120 mm effective tube length

and 0.0045 m2 membrane area (Fig. 1). The inner diameter of the
shell is 40 mm. Although the membrane tube is closed at one end,
counter current plug-flow-like operation is obtained by feeding
the gas from the closed end through a feed tube sticking inside
the membrane tube as shown in Fig. 1. Single component perme-
ation of H,, and isobutane equimolar binary mixture permeation
of H,/isobutane mixtures were studied using nitrogen as sweep
gas. Single component He permeances were measured in the pres-
sure drop mode (no sweep gas). The permeate pressure was always
at atmospheric pressure. The feed pressure was 101 kPa in case of
the experiments with sweep gas and 200 kPa in case of pressure
drop experiments, the temperature was varied between 303 and
773 K. In case of the He and H; single component experiments both
the feed and sweep gas flow rate were set to 200 mlmin~! (STP).
The experiments involving isobutane were performed at a feed and
sweep gas flow rate of 100 mlmin~! (STP). All experiments were
carried out in counter current mode. The retentate and permeate
flows were determined using a soap film meter. The compositions
of both flows were determined by GC analysis. In the case of isobu-
tane a FID detector and for all other components a TCD detector
was used. For H, detection Ar was used as carrier gas.

2.2. (Membrane) reactor experiments

The same membrane used for the permeation studies has been
used in the membrane reactor (MR) experiments. The effective
tube length available for permeation was 95 mm. Now the tube is
packed with 4.1 g of chromia-alumina catalyst (Cr,03/Al,03), Har-
shaw (nowadays BASF Nederland) Cr-0211-T, 5/32” (Cr,03, 18.0%;
Zr0,, 0.25%; Al,03, 82.0%). The catalyst was crushed and sieved to
obtain particles with a diameter between 0.7 and 1.0 mm. The tube
is packed with catalyst over the length of the permeable mem-
brane area. Quartz wool was placed before and after the catalyst
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Fig. 1. Schematic drawing of the membrane reactor module. Arrows indicate the
flow directions in the module.
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bed. The temperature was measured in the feed tube that sticks
through the catalyst bed. The pressure was measured before and
after the packed bed. Pure isobutane at 101 kPa was fed in the range
of3.7-57 mlmin~! (STP)at 762 and 712 K with a counter current N,
sweep gas flow rate of 100 mlmin—! (STP) at 101 kPa. The catalyst
was regenerated overnight at the reaction temperature under a 2%
0, in N, flow. The retentate and permeate flows and compositions
are measured as described in Section 2.1.

As a benchmark for the membrane reactor results, experiments
with an impermeable stainless-steel tube in the module instead
of the DD3R membrane were performed. The same flow rates and
catalystloading as in case of the membrane were used. These exper-
iments are referred to as packed bed reactor (PBR) experiments.

The isobutene yield (Yg) is normally defined based on the in and
outgoing molar flow rates (F) of isobutane (A) and isobutene (E):
Fll:‘)ut

in *
FA

Yi = (1)
However, this requires a very accurate estimate of the in and out-
going volumetric flow rates which appears difficult, particularly at
low Weight Hourly Space Velocity (WHSV). Therefore, the yield is
calculated based on merely the outgoing flows and compositions
(x) according to:
FPE‘Tm perm + Fretxret
tot (2)

perm~—4 perm t perm
Ftot D a G + Figt 114("0 )

Here subscript Ci represents the different hydrocarbons grouped
according to their carbon number: C1 (methane), C2 (ethane and
ethane), etc. Also in this calculation procedure determination of the
volumetric flows play a role, but since the amount of hydrocarbons
in the permeate flow is very low, the influence of the flow rates on
the estimated yield is minimal. By considering only the outgoing
flows the formation of coke is neglected.
The conversion of isobutane is defined in a similar way:
X _ ] Fg)etrmxperm Ftrggxret (3)
Fg)etrmzl ; 4(XPerm) + Ftrgtt 1 4(xret)

and the selectivity (S) towards isobutene as:

Ye
v

Sg = (4)

2.3. Membrane reactor modelling

For a quantitative interpretation of the membrane reactor
results a model has been set up [4,27]. In the formulation of the
model equations dimensionless numbers are introduced that char-
acterize the MR’s performance. The model includes convection and
diffusion at the membrane tube and shell side, exchange of moles
between the shell and tube side via the membrane and reaction in
the catalyst bed held in the tube (Fig. 2). Radial dispersion, pressure
drop over the packed bed and temperature gradients are neglected.
The latter two assumptions have been validated by pressure and
temperature measurements.

Let us now consider the above mentioned transport phenomena
separately. The diffusive flux (N"/") of component i in the shell and
tube side is represented by Fick’s law:

diff _ pgef dCi
N = -p# e (5)
where now an effective gas diffusion coefficient Dlig’eff , concentra-
tion ¢ and space x is found. The convective flux of each component

at the shell and tube side is given by the product of the gas velocity
(u) and its concentration:

N = ug;. (6)
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Fig. 2. Schematic representation of the MR and all processes that are considered in
the model: Convection (conv) and diffusion (diff) in the shell and tube side, reaction
in the tube and exchange of molecule across the membrane (mem) between the shell
and tube side. All mass transport processes are indicated as fluxes (N).

The flux through the membrane is assumed to be determined
completely by the zeolite layer; mass transport resistance in the
support is neglected. Following earlier analysis of the membrane
permeation data [25] it is assumed that isobutane flux through the
membrane is only due to Knudsen diffusion through membrane
defects. Mathematically this flux can be expressed as:

K,, i (o = p?) Dl _ € do /8RT
smem — RT kni ™ 73\ 7M;

Nmem _

(7)

where p, M, 8™, ¢, t and dg represent the pressure, molar mass,
membrane thickness, membrane defect porosity, tortuosity and
pore size, respectively. The superscripts S and T refer to shell and
tube side properties, respectively. Also viscous flow plays a role
[25], but this contribution can be neglected because in the current
case only situations without an absolute pressure drop over the
membrane are considered. The unknown properties in Eq. (7) are
lumped:

& do
T §mem (8)

and have been fitted to the isobutane permeation data. The diffu-
sivity of isobutene is based on the isobutane diffusivity corrected
for the molar mass dependency expected from the Knudsen diffu-
sion mechanism (Eq. (7)). The permeation data of N, and H, are
assumed to follow a surface diffusion mechanism [25,28]. In case
that mass transport occurs in a very weak adsorption regime the
flux across the membrane can be expressed as:

a“p
S:nem DiKi(p] — p}). 9)

Nmem _

¢*% is the maximum loading in the zeolite and p the zeolite den-
sity. The Maxwell-Stefan diffusivity (P) and adsorption equilibrium
constant (K) have the following temperature dependency:

—AH . —Ea gipr;
Ki = I(OVieXp (R’Iflds,l> 5 Di = DO,f - exp (2,;1)7,1) . (10)

This yields the pre-exponential of the adsorption equilibrium con-
stant (Kp), enthalpy of adsorption (AH,4), the pre-exponential of
the Maxwell-Stefan diffusivity (Dg) and the activation energy of
the diffusivity (Ea gif)-

Eq.(9) can also be presented in a slightly different form, which is
more convenient when expressing the equations in adimensionless
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form later on:

o DL O it (T
(11)

The apparent activation energy for diffusion is defined as:

ESPP = Ep giff + AHgqs. (12)

The lumped parameter ,oqf‘”KQ,-Do,i(zsmf—’m)7l and E;”” have been
estimated from the H, and N, permeation data. Note that Eq. (11)
is also valid to predict the permeance in a mixture since the single
component and mixture permeances are the same for the consid-
ered mixtures at high temperatures across the DD3R membrane
[25].

The reaction rate in the packed bed is described by a Lang-
muir Hinshelwood type rate equation [29], assuming that isobutane
adsorption is the rate-limiting step:

(13)

\n{ mol ] _ kpa(1 — (PepH/PaKeq))
kgeaes] 1+ (pe/Ke) + (pu/Kn)

Here we can distinguish the partial pressures and adsorption
equilibrium constants (K;) of isobutane (i=A), isobutene (E) and
hydrogen (H). Keq represents the overall reaction equilibrium con-
stant.

A molar balance for each component over a slice dz in axial
direction (z=x/L¢ype, Liupe = permeable tube length) of the isobaric
membrane reactor tube side (Fig. 2) leads to:

2 T, T 2 off 42,
0= Trdtube % 8)([ u _ ndtube @ Dlg d Xi — vRm
4 RT ) "5z 4 RT ) Lype dz2 00"
pmem 4
+ Ltubendtubem ﬁ(p;r - pf) (14)
And on the shell side:
2 2 S.,S
0 T(dShen = Dune) (Prot | SXiU
4 RT 6z
2 2 eff 42,8
_T[(dshell — dtube) & D‘:g d X
4 RT | Lype dz2?
pmem 4
—LiupeTdrype (Sr'n? ﬁ(plT - plS) (15)

Here m¢q and v represent the catalyst mass and stoichiometric
coefficient, respectively. Now we introduce a dimensionless gas
velocity 1, a Péclet number relating the diffusive and convective
flux in the packed bed (Pe;), the Damkohler number (Da) and a
Péclet number relating the convective flux in the packed bed and
membrane flux (Peg). Note that the Péclet numbers are based on
the properties of H; since this characterizes the system best. Da
is defined assuming first order kinetics in isobutane to arrive at a
concentration independent dimensionless number:

T T
u’ Ltubeuo _ ARTkMcar T _ (Smemuo drupe

OT=—, Pef= , Da= pel = -0 “tube
ug ' DIg'iEff ugnd?llbe ’ 4ngn L[Ube
S L uS gmem uS d d (]6)
S — w PeS — tube o PeS — 0 (dshent — drupe)
”151 ’ L Di,eff ’ ] 4DEem Leube

In addition to these dimensionless numbers the DaPes number [30],
a type of Damkohler number describing the ratio of reaction rate
and membrane flux is defined:

k8™ d e

DaPes = pyem

(17)

In the case the tube and shell side have the same total pressure Eq.
(14) can be written as:

Jeff,T
Z

1 oy

oz T s T\ pgIT | e @2 plk
prem\ q
+ <D;Tem) @(Xi _Xi) (]8)

and Eq. (15) can be cast into:

S -eff.s 25S
CLLARN L B 1dxf_(Df"”") 16T,
¥y 8z DEelS | pep dz? D™ ) pes =t

(19)

The final set of equations that constitutes the membrane reactor
model comprises Eqs. (18) and (19) repeated for each component
together with two equations that ensure that the sum of all frac-
tions in the feed and sweep side equals 1:

n n
1= ", 1= % (20)
i=1 i=1
This system of equations has been solved in Athena Visual Stu-
dio [31] as a boundary value problem using orthogonal collocation.
The system is modelled as a closed system using Danckwerts type
boundary conditions:

z =0, tube side z =1, tube side

Xio =% ~ Di"eff'T PT_:Z? dz

dyT
9T =1 — =0

dz

(21)
z =0, shell side z =1, shell side
Jeff.S

@ O e N

o =X 7
dz i i DieffS Pef dz
dys
-0 ¥ =1
dz

3. Results and discussion
3.1. Membrane permeation

The performance of the DD3R membrane up to 773 K has been
studied previously [25]. The fluxes of He, N5, H; and isobutane from
this study are shown in Fig. 3. The fluxes of N, and H; have been
modelled assuming that the mass transport across the membrane is
governed by intra-crystalline surface diffusion (Eq. (11)), isobutane
is modelled assuming permeation through defects by a Knudsen
diffusion mechanism (Eq. (7)). More details on the models can be
found in Section 2.3, while the permeation results have been dis-
cussed in detail in Ref. [25]. The model fit parameters that apply are
listed in Table 2.

The isobutane flux is very low because it cannot enter the DDR
pores and passes only through a small number of defects in the
membrane. As compared to the medium-pore zeolite MFI, the
H, permeance of DD3R is about one order of magnitude lower
(Table 1). It appears that by reducing the pore size also the per-
meance is reduced.

Both the H, and isobutane flux show a slightly decreasing flux
with increasing temperature. This leads to an almost constant ideal
selectivity of more than 500 over the complete temperature range,
as shown in Fig. 4. The ideal selectivity («ie?!) is based on the single
component permeances:

retentate sweep
ideal _ Permeance;  N™™" (b} - )

i Permeance; NITE (pretentate _ pSweep)-

(22)
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Fig. 3. Permeance of H;, He, N, and isobutane through the DD3R membrane as
a function of the temperature. The H, and N; data in the current study (closed
symbols) represent counter-current permeation data using H, as feed and N, as
sweep gas. The He permeances are measured using the pressure drop method with a
pressure drop of 100 kPa. Isobutane is measured using a feed gas pressure of 101 kPa
and sweep gas (N, ) pressure of 101 kPa. Lines represent model fit results, except in
case of He where the drawn line is to guide the eye.

The mixture selectivity (a:.}?"") is based on mixture permeation
results and is defined as:

permeate
Qmix — (ﬁ)feed Xi . (23)
y Xi Xj

The H,/isobutane mixture selectivity is slightly lower than the
ideal selectivity due to non-differential effects: the faster perme-
ating H, reduces its driving force for permeation by increasing its
partial pressure in the permeate and reducing its partial pressure
in the feed side [25]. The H/isobutane selectivities also decrease
slightly with increasing pressure due to a viscous flow contribution
to the isobutane flux in case of an absolute pressure drop over the
membrane. The Hy /N, (~11, 773 K) is much higher than the H,/He
(~1, 773 K) ideal selectivity. This makes N, the preferred choice as
sweep gas in terms of minimal feed dilution by counter-permeation
of the sweep gas.
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Fig. 4. Mixture and ideal selectivities of the DD3R membrane. Closed symbols and
solid lines represent ideal selectivities, dashed lines and open symbols mixture
selectivities under non-differential operation. The lines are added to guide the eye.
All data are considered at a total pressure drop of 100 kPa over the membrane. In
case of the H, /isobutane mixture also the data at a feed pressure of 101 kPa without
pressure drop over the membrane are shown.
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Fig. 5. Isobutene yield in a packed bed (open symbols) and membrane reactor
(closed symbols) at 762 and 712 K as a function of the WHSV. Pure isobutane is fed at
101 kPa, N is used as sweep gas in counter-current mode. Solid, dashed and dash-
dot lines represent PBR model fit results, MR model predictions and the equilibrium
conversion, respectively.

3.2. Packed bed (membrane) reactor

3.2.1. Asymmetry and packing effects

Compared to the membrane results in the previous section the
membrane tube is filled with catalyst particles and the feed gases
are fed from the inside of the tube (from the support side) instead of
from the outside of the tube (from the zeolite layer side). If the sup-
port resistance can be ignored no difference in permeance should
be observed if the gas is permeating from the support or from the
zeolite layer side [32]. To ensure that the permeation data are suit-
able input to model the MR performance, an experiment has been
performed with the packed bed membrane reactor at 303 K and
101 kPa using an equimolar H;/isobutane mixture passing through
the tube side and N, as sweep gas passing through the shell side.
The H, and N, permeances are the same as in the membrane per-
meation experiments, while the isobutane permeance is a factor 2
lower.

3.2.2. Isobutene yield

Fig. 5 shows the isobutene yield in the PBR and MR at 762 and
712K, together with model fit results of the PBR and model pre-
dictions of the MR. The MR and PBR have been modelled using
the reactor model as described in Section 2.3, where in case of
the PBR the membrane fluxes are set to zero. The gas phase dif-
fusivities are predicted using the correlation of Fueller et al. [33],
accounting for the packed bed porosity and tortuosity, which are
assumed to be 0.4 and 1.5, respectively. The reaction rate kinetic
constants have been estimated by model fitting of the packed
bed yield data. The rate constants of Happel et al. [29] have been
used as starting point because these have been determined on
a similar catalyst (Cr,03/Al;03) in a suitable temperature range
(650-762 K). The pre-exponential and activation energy of the rate
constant have been estimated. Additionally, the pre-exponential of
the reaction equilibrium constant has been fitted to reconcile the
model and experimental equilibrium yields. The H, and isobutene
adsorption equilibrium constants have been kept constant. The
original constant values of Happel et al. and the model fit results
of the current study are listed in Table 2. Note that the estimated
values and the original ones of Happel et al. are in good agree-
ment.

The PBR conversion data show an increase in yield with increas-
ing temperature due to an increased catalysts activity and an
increased equilibrium conversion. At low WHSYV, i.e. long contact
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Table 2

Estimated values from model fitting for membrane permeation and reaction rate parameters.

Membrane transport parameters Units
Isobutane £ aﬁ‘;m =2.7x107°

N pmem(gmem)~1 _ RT.1.12 x 10~° exp (%) ms~!
H, prmem(gmem)~1 _ RT.2 .88 x 108 exp (%) ms!
Reaction rate parameters Units

Happel et al. [29] Fitted parameters

k=5.1x10""exp (—%)

k=1.2x10"" exp (- 52)

molkgea ! s Pa!

Keg = 1.4 x 10" exp (124838 ) Keg = 1.8 x 101 exp (- 124838 ) Pa-!
Ke=2.1x 10" exp (2452 Ke=2.1x 10" exp (452 Pa-!
Ky =4.2 x 102 exp (%) Ky =4.2 x 1072 exp (%) Pa-!

times, the PBR yield approaches the equilibrium yield. The model
fit results describe the PB data well.

The MR yields coincide with the PBR yields at high WHSV and at
low WHSV the yields of the MR are significantly higher than the PBR
and equilibrium yield. The MR model predictions are in fairly good
agreement with the experimental MR data, but the yields appear to
be slightly overpredicted. An explanation could be that the catalyst
activity is decreased in case of the MR due to H, removal from the
reaction zone, which is not accounted for in the current model. This
effect has also been observed by Casanave et al. [6]. An indication
of this behaviour can also be found from the comparison of the PBR
and MRyield data at 712 K where the MR yield is slightly lower than
the PBR yield, whereas model predictions always indicate a higher
MR yield due to removal of H; from the reaction zone. However, the
difference between the simulated and experimental yields could
also be due to model assumptions like neglecting radial dispersion.
Moreover, the conversion level for which the kinetic constants have
been estimated does not match the level for which the prediction is
made at low WHSV. The reduced activity could therefore also be due
to inhibition by the product isobutene, which is underestimated in
the rate equation. Airaksinen et al. [34] estimated for instance an
isobutene adsorption equilibrium constant 8 times as high as the
value we used in our study. But, by fitting the rate constant using
a higher isobutene equilibrium adsorption constant from the PBR
data does not lead to significantly different results.

The fraction of H; present in the retentate in case of the MR
and PBR is shown in Fig. 6. This figure clearly illustrates that due
to removal of H, from the reaction zone at low WHSV the MR out-
performs the PBR. Whereas at high WHSV the membrane H, flux is
not sufficient to remove a significant amount of H, and the MR and
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Fig. 6. Fraction of H; in the retentate of the PBR and MR at 762K as a function of
the WHSV. Points are experimental data, lines are modelling results.

PBR performances are equal. It is also evident that the H, concen-
tration reduction in the tube side of the MR compared to the PBR
is that significant that if the catalyst activity is reduced when the
hydrogen concentration is reduced this effect will become manifest
at WHSV values<1h-1,

Note that also at low WHSVs the hydrocarbon retention in the
feed sideis very high due to the excellent H, /isobutane selectivity of
the membrane. Even ata WHSVof0.13 h—! < 2% of the isobutane and
isobutene leave the MR from the permeate side, >98% is retained in
the feed side.

3.2.3. Selectivity

Besides isobutene also side products like coke or lower hydro-
carbons can be formed. When coke is formed the amount of H, will
be higher than the amount of isobutene in the reactor effluent. In
case of the PBR experiments no excess of H; to isobutene could be
detected. Although difficult to calculate accurately, there appears
to be a significant excess of H, in case of the membrane reactor up
to 10-15% at 762 K and low WHSVs. In case that for each mol isobu-
tane converted to coke four mol of H, are formed and, accounting
for the amount of H, consumed in the hydrogenolysis reactions,
this leads to a selectivity towards coke of ~3% at WHSV=0.13h"1.
These results indicate thatindeed due to H, removal coke formation
is mildly promoted, particularly at long residence times.

The selectivity towards isobutene (Eqs. (4) and (2)) with respect
to lower hydrocarbons in the MR is compared to the selectivity in
the PBR at 712 and 762K (Fig. 7). At high WHSV the selectivity is
high, >0.96 for all cases. Upon increasing the residence time in the

1.0----|""|""|""i

[ J

HE g i

n
[ ]
(0]
09 u i
o

\' (0]

w

()

084 o PBRMR -
712K O =
762K O ®

0

0.0 0.5 1.0 1.5 2.0

WHSV / kg, kg 'h"

cat

Fig. 7. Selectivity of the isobutane dehydrogenation reaction towards isobutene in
the PBR and MR at 712 and 762K as a function of the WHSV.
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Fig. 8. Molar fraction of C1 (methane), C2 (ethane and ethane) and C3 (propane and
propene) of all hydrocarbons that leave the MR and PBR at 762 K.

reactor more lower-hydrocarbons are formed. Also at higher tem-
perature more by-products are formed. In all cases the major part
of the by-products is constituted of methane and propane/propene
(Fig. 8). Propane/propene and methane are present in almost
equimolar amounts; only a modest excess of methane is present.
This is expected since these are the products of hydrogenolysis of
isobutane and isobutene. The amount ethane/ethene formed is very
low. A comparison of the selectivity in the PBR and MR reveals that
hydrogenolysis reactions are suppressed in the MR, most probably
due to removal of H, from the reaction zone. This has also been
found in other studies [10,13,14].

3.2.4. Catalyst and membrane stability

Although it appears that the catalyst activity in the MR is lower
compared to the PBR (Section 3.2.2), no signs of very rapid catalyst
deactivation in time have been observed. An experimental run at
762K is shown in Fig. 9. Initially, a WHSV of 0.3h~! has been set.
Note that at these conditions a significant amount of H; is removed
from the reaction zone (Fig. 6) and that the conversion is above the
equilibrium conversion (Fig. 9). Firstly, the catalyst shows a high
activity, leading to a conversion of 0.4, then the conversion drops
quickly, passes through a minimum and becomes constant after 2 h
of operation. The initial high conversion is due to oxidation of part
of the feed by the pre-oxidized catalyst.
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Fig. 9. Isobutane conversion as a function of time on stream in the MR at 762 K.
During operation time the WHSV was changed from 0.3 to 0.63 to 1.31 to 0.3 and
0.13h"1.

0.6 T T T 1.0

Full model &
N,,=0

o
[

x,(retentate) / -

0.0 T T T 0.0
0.0 0.5 1.0 1.5 2.0

WHSV / kg, _kg_, 'h"

cat

Fig. 10. Effect of feed dilution by counter-permeation of sweep gas on the mem-
brane reactor conversion. Lines represent model simulations of the reactor reflecting
the MR experiments (full model) and simulations assuming that the membrane is
impermeable to the sweep gas (Nn, = 0), impermeable to Hz (Nu, = 0) and imper-
meable to both H, and N, (Ng, = Ny, = 0). The right axis represents the fraction of
N in the retentate. The line represents simulation results of the full model, points
are experimental data. The membrane reactor operates at 101 kPa pure isobutane
feed, 762 K and 100 ml min—' sweep gas (N3 ) in counter-current mode.

Changing the WHSV leads to a new steady state conversion
quickly. After 7h of operation the steady state conversion at
0.3h~1 after 2 h could be reproduced. Although the total number
of turnovers is not very high, a stable MR operation without signif-
icant catalyst deactivation for several hours is observed under H;
lean conditions.

Prior to the MR experiments the membrane has been exposed
to high temperature conditions for the permeation experiments
for several months (~6) including >10 temperature heating up and
cooling down cycles [25]. The MR experiments added another 3
months of operation at high temperature (>700K). Of this period
~25 working days of dehydrogenation experiments have been car-
ried with the same number of overnight regenerations. In this
period 5 heating up and cooling down cycles have been performed.
The isobutane fraction in the permeate has been around 6 x 10~4
to 1 x 1073 during all MR experiments. No significant increase of
this fraction has been observed which indicates a stable membrane
performance.

3.2.5. Feed dilution effects

In Section 3.2.2 the good performance of the MR has been
attributed to the removal of H, from the reaction zone. Counter
permeation of the sweep gas (N,), however, can lead to dilution of
the feed which can also contribute to an increased conversion [5,8]
because the equilibrium conversion is higher at lower partial pres-
sures. Fig. 10 shows the fraction of N, in the retentate due to counter
permeation. Due to the longer residence time at the feed side the
fraction of N; increases with decreasing WHSV up to almost 0.3 ata
WHSV 0of 0.13 Kgfeeq kgcat ! h~1. Note that this value represents the
upper limit of the N, concentration in the tube.

To investigate the influence of the feed dilution on the yield,
the MR conversion is simulated for several cases (Fig. 10): (1)
experimental conditions: full model as considered in the previ-
ous sections, (2) no feed dilution: no N, flux across the membrane,
(3) no H, flux across the membrane and (4) Completely imperme-
able membrane, i.e. a PBR. As shown previously (Fig. 5), the PBR
approaches the equilibrium yield at low WHSV (Fig. 10). When no
hydrogen is removed, but the feed is diluted due to N, counter per-
meation (case 3) the conversion becomes significantly higher than
the equilibrium. Now a modest conversion increase due to dilution
is found. The MR conversions with (case 1) and without (case 2)
sweep gas counter permeation are exactly the same. Clearly the
effect of feed dilution on the isobutene yield under experimen-
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Table 3
Dimensionless numbers relating residence time and reaction time (Da), time to
remove H, and residence time (Pes), and time to remove H; and reaction time
(DaPey).

WHSV T(K) Da Pes Da,Pes
0.1 762 5.31 0.12 0.63
03 762 1.77 0.36 0.63
1.0 762 0.53 1.19 0.63
0.1 712 2.54 0.12 0.29
03 712 0.85 0.35 0.29
1.0 712 0.25 1.16 0.29

tal conditions is minimal. The effect of feed dilution will only be
of importance when the reactor operates close to the local ther-
modynamic equilibrium, which is not the case under the current
conditions. The latter claim is verified by an evaluation of the reten-
tate composition. The equilibrium constant and the reactant and
product fractions are under equilibrium conditions related by:

XyX
Keq = ptot{ % } . (24)
eq

The right hand side of the equation, evaluated for the retentate
composition at 0.1h~! and 762K, is 6351 Pa, which is about 1.5
times lower than the equilibrium value of 9320 Pa (left hand side).

3.2.6. Performance evaluation

The MR is evaluated further based on the dimensionless num-
bers introduced in Section 2.3. If we neglect axial and radial
dispersion, three processes need to be balanced to obtain an opti-
mal MR performance [17,35]. In terms of characteristic times these
are: residence time, reaction time and a time related to hydrogen
removal by the membrane. Combining these characteristic times
leads to three different ratios: Da (residence time/reaction time),
Peg (time for Hy removal/residence time) and DaPe; (time for H,
removal/reaction time) (details in Section 2.3). The values of these
dimensionless numbers for the MR are given in Table 3 at 762
and 712K and different WHSVs. Da increases with increasing tem-
perature due to the activated nature of the rate constant. At low
WHSYV the residence time is long compared to the reaction time
and a high conversion is expected and obtained (Fig. 5). As a rule
of thumb Da is related to the conversion as [36]: if Da<0.1 then
X<0.1 and if Da>10 then X>0.9. Our results follow this rule of
thumb well considering that our conversion scales from 0 to the
equilibrium conversion. Pe; is almost independent of temperature
because the membrane permeation of H, is only slightly dependent
on the temperature (Fig. 3). At WHSV=1.0h~! the residence time
and time required for H, removal are of the same order (Pesg~ 1).
This is illustrated nicely in Fig. 6, where indeed at this WHSV a
considerable amount of Hy is produced and removed from the reac-
tion zone. Moving to lower WHSVs the residence time increases,
whereas the characteristic time for H, removal remains constant,
leading to an improved H; removal and reaction performance.
Finally, DaPe;s increases with increasing temperature since the char-
acteristic time for reaction is reduced and the time for H, removal
remains close to constant. The value of DaPe; is close to one, which
indicates that in the current design the catalyst activity and mem-
brane performance are balanced quite well. However, since the MR
outperforms the PBR only at low WHSVs the appropriate conclu-
sion is that both are not optimal regarding application of this MR.
Note that compared to other type of MRs the H, permeance of the
DD3R membrane is relatively low (Table 1). In those studies typi-
cally the catalyst activity is the factor limiting the MR performance
[9,10,13].

To demonstrate that both the catalyst and membrane limit the
performance, the MR is simulated considering the cases that: (1) Da
is 10 times higher; (2) Pes is 10 times lower and (3) that both Dais 10
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Fig. 11. Effect of variations of Da and Pes on the MR conversion. Lines represent MR
simulations at 762 K and 101 kPa total feed pressure, using 100 mlmin~" (STP) N,
as sweep gas in countercurrent operation at 101 kPa. Starting from the original Dag
and Pe; values simulations using a 10 times higher Da or a 10 times lower Pe; or a
combination of the two have been performed.

times higher and Pe; is 10 times lower. The simulated conversions
are compared to the original Da and Peg values (Fig. 11).

Increasing the H, removal rate (Peg|) leads to a very modest
conversion improvement, clearly the catalyst activity hampers an
improved MR performance. If only the catalyst activity is increased
(Da%t), the reactor approaches its equilibrium conversion already at
a much higher WHSV, but the membrane permeation flux is too low
to obtain conversions significantly above the equilibrium at high
WHSVs. If both the reaction activity and H, membrane removal
rate are increased by a factor 10 (Dat and Peg| ), the conversion
is strongly increased, as expected. Alternatively, the space veloc-
ity can be reduced by a factor 10, but then axial dispersion will
become increasingly important with a negative impact on the plug
flow reactor behaviour. For further reading on the influence on
other operational aspects of MR in dehydrogenation reactions see
for instance [18,37].

Several options could be applied to improve the MR’s perfor-
mance. Da can be increased by using a more active catalyst [38], or
using a higher operating temperature (although a higher tempera-
ture would lead to a higher coking rate at the catalyst). A decrease of
Peg (Eq. (16)) can be achieved by removing more H, through appli-
cation of a thinner DDR membrane, a different membrane with a
higher permeance or by choosing a higher membrane area to reac-
tor volume ratio. This latter area to volume ratio can be greatly
increased by choosing a smaller tube or hollow fibrous support
[35,39]. Note that Da can be increased and Pes decreased efficiently
by increasing the feed pressure since this will lead to a decreased
gas velocity at a given WHSV, a higher reaction rate and a higher
permeation flux. A potential downside of this approach can be that
the increased hydrocarbon partial pressures could lead to a reduced
catalyst selectivity or activity.

Note that van de Graaf et al. [35] have discussed their MR by
comparing the membrane Areal Time Yield (ATY) and Space Time
Yield (STY). In order to balance the two yields the area to volume
ratio (A/V) can be changed. A clear connection between their and
the present approach exists since:

STY V. STY dype

ATY A~ ATY 4 °
Another issue for application of this type of reactor is that it seems
that removal of H, leads to a lower activity (Section 3.2.2) and more
coke formation. As shown in Fig. 6 the H, fraction in the retentate
needs to be strongly reduced to obtain high conversions. Since in
this reaction only H; is removed and isobutene is retained, the Hy

DaPeg ~ (25)
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fraction needs to be very low to achieve very high conversions due
to the reaction equilibrium constant (cf. Eq. (24)).

The ultimate viability of the MR should be based on an eco-
nomical evaluation and clear insights in the effects of very H; lean
conditions on the catalyst performance. However, from the current
results it can be concluded that the minimum requirements of a MR
to obtain a significant conversion improvement compared to a PBR
are: Da> 10 and Pes < 0.1, while DaPeg should be ~1 to optimally
utilize both catalyst and membrane activity.

Note that since membranes with higher fluxes are already avail-
able, it is the limited catalyst activity and stability under relative
low temperature and H; lean conditions that is an important
limiting factor regarding application of MRs in dehydrogenation
reactions [38].

4. Conclusions

A DD3R zeolite membrane has been successfully applied as Hy
selective membrane in the dehydrogenation reaction of isobutane
in a packed bed membrane reactor (MR) configuration. Exper-
iments with a conventional packed bed reactor (PBR) serves
as benchmark. The membrane shows an excellent H,/isobutane
permselectivity (>500 @ 773K) and a reasonable H, permeance
(~4.5 x 10-8 molm~2 s~ Pa). The high selectivity is due to molec-
ular sieving: isobutane cannot enter the pores of DD3R and passes
only through membrane defects.

At low WHSVs isobutene yields above the equilibrium yield
based on feed conditions could be obtained. At 762K and
0.13 Kgfeeq kgcat ! h~1, the isobutene yield in the MR is 0.41, where
the equilibrium and PBR yields are only ~0.28, an increase of about
50%. This increased yield is attributed to removal of H, from the
reaction zone by the membrane, up to 85% at the lowest space
velocity. Although some counter permeation of the sweep gas N,
occurs, this dilution effect does not contribute significantly to the
yield increase of the MR. The activity of the catalyst in the MR
seems modestly reduced compared to the PBR, but no indications
of faster deactivation of the catalyst are observed under H, lean
conditions. A constant very high hydrocarbon retention in the reac-
tion zone indicated that the membrane quality remained constant
throughout all experiments.

Compared to the PBR the selectivity in the MR towards coke
seems to be mildly increased due to the lower H; partial pres-
sure in the reactor, although the selectivity towards coke is still
low: <5%. The selectivity towards methane and propane/propene
is somewhat lower in the MR. By keeping the H, concentration
in the reactor low, cracking hydrogenolysis reactions are mildly
suppressed.

An isothermal membrane reactor model captures the experi-
mental results well. The membrane permeation parameters and
reaction rate constants have been estimated independently from
membrane permeation and PBR experiments, respectively.

An analysis of the major characteristic times describing the sys-
tem, the residence time in the reactor, reaction time and time
required for H, removal by the membrane, expressed as ratios in
two dimensionless parameters Da and Pegs, revealed that in the
current MR design the catalyst activity and H, removal rate are
nicely balanced (DaPes ~ 1), but both limit the overall performance.
Improvements of the current design are possible by choosing a
more active catalyst, or higher operating temperature, and a mem-
brane support with a higher surface area per unit reactor volume.
Also operation at higher feed pressure could boost the MR’s perfor-
mance.Da > 10 and Pes < 0.1 are proposed as minimal requirements
of a MR to show a significantly improved performance compared
to a PBR. DaPeg should be ~1 to optimally utilize both catalyst
and membrane activity. Since membranes with higher fluxes are

already available, it is the limited catalyst activity and stability
under relative low temperature and H, lean conditions that is an
important limiting factor regarding application of MRs in dehydro-
genation reactions [38].

Notation

A area (m?)

ATY Areal Time Yield (molm—2s-1)

c concentration (molm—3)

do membrane defect pore size (m)

dtube tube diameter (m)
diffusivity (m?s~1)

Da Damkohler number, defined in Eq. (16)

DaPes  type of Damkdhler number, defined in Eq. (17)

Epgiff activation energy of the diffusivity (Jmol=1)

EGPP apparent activation energy for diffusion (Jmol~1)

F molar flow rate (mols—1)

i number

k reaction rate constant (molkget~! s~ Pa~1)

K adsorption equilibrium constant (Pa~1)

Kegq overall reaction equilibrium constant (Pa~1)

Ko pre-exponential of the adsorption equilibrium constant
(Pa7!)

Liype permeable membrane length (m)

Meat catalyst mass (kg)

M molar mass (gmol~1)

N flux (molm=2s-1)

p pressure (Pa)

Per, Pes Péclet number, defined in Eq. (16)

gt zeolite saturation loading (molkg=1)

R gas constant (Jmol~1 K1)

S selectivity

STY Space Time Yield (molm—3s-1)

T temperature (K)

u gas velocity

1% volume (m3)

WHSV  Weight Hourly Space Velocity (Kgfeeq kKgcat™ 1 h™1)

X space (m); or molar fraction

X conversion

Y isobutene yield

z dimensionless tube length (x/L¢ype)

b Maxwell-Stefan diffusivity (m2s—1)

Do pre-exponential of the Maxwell-Stefan diffusivity
(m2s-1)

N reaction rate (molkgcat~1s~1)

Greek letters

oideal jdeal selectivity, defined in Eq. (22)
omix mixture selectivity, defined in Eq. (23)
AHg4  adsorption energy (J mol—1)

gmem membrane thickness (m)

£ membrane defect porosity

v dimensionless gas velocity, defined in Eq. (16)
v stoichiometric coefficient

0 zeolite density (kgm—3)

T membrane defect tortuosity

Subscripts

A isobutane

E isobutene

Ci hydrocarbon, i=1: methane, i=2: ethane or ethene, etc.
H hydrogen

i component

tot total
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Superscripts

conv convective
diff diffusive
eff effective

g gas

in ingoing
mem membrane
out outgoing
perm permeate
ret retentate

S shell side
T tube side
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